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Modern chemical industrial processes are becoming more and more integrated and consist of multiple interconnected
nonlinear process units. These strong interactions profoundly complicate a system’s inherent properties and further alter
the plant-wide process dynamics. This may lead to a poor control performance and cause plant-wide operability problems.
To ensure entire processes run robustly and safely, with considerable profitability, it is crucial to recognize the inherent
characteristics that can jeopardize controllability and process behavior at the early design stage. With a focus on inherently
safer designs, from a plant-wide perspective, a systematic method for chemical processes controllability analysis is
addressed in this study. In the proposed framework, based on open-loop stabilityl/instability and minimum/nonminimum-
phase behavior, the entire operating zone of the process can be categorized into distinct subregions with different inherent
properties. Variations in the inherent characteristics of a plant-wide process with the operation and design conditions, over
the feasible operation region, can be probed and analyzed. An attempt of this framework is made to illustrate how to clarify
the roots of the poor controllability that arise in the design and operation of a large scale chemical process, and the results
can provide guidance for both deciding the optimal operation conditions and selecting the most suitable control structure.
Singularity theory is also applied in the framework to improve the computational efficiency. The framework is illustrated
with two case studies. One involves a reactor-external heat exchanger network and the other a more complex plant-wide
process, comprising a reactor, an extractor, and a distillation column. © 2012 American Institute of Chemical Engineers
AIChE J, 58: 3096-3109, 2012
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Introduction these inherent properties, and analyzing the influences of
these limitations early enough can allow timely modifica-
tions to ameliorate or avoid these characteristics, it is useful
to gather information about these characteristics at the early
design stage of the entire chemical process.

Over the past few decades, the field of stability and con-
trollability analysis for single chemical unit has matured con-
siderably, with a large number of valuable reports being pub-
lished. Research efforts have been focused on the nonlinear
phenomena known to generate operability difficulties, such as
multiple equilibrium points, limit cycles, chaotic behavior,
and bifurcations, for example, Refs. 6-12. Flores-Tlacuahuac
and coworkers'* !¢ addressed the effects of potential manipu-
lated, disturbance, and design variables on the nonlinearity
and stability of the polymerization reactors. Hernjak et al.'’
presented a qualitative process operability analysis method
involving three primary process characteristics: the degree of
nonlinearity, the process dynamics and the degrees of interac-
tion between the loops. Kienle and coworkers'®'® analyzed
the behavior of different coupled reactor—separator systems
using bifurcation theory. Bildea and coworkers®™?' investi-
gated the multiplicity behavior of six reaction systems for the
continuous stirred tank reactor (CSTR)—separator—recycle po-
lymerization systems. Compared with bifurcation and nonli-
nearity analysis, there is an extensive literature regarding con-
d Corresp(}ndence concerning this article should be addressed to B. Chen at trollability analysis. There are numerous ways to define and
cecbz@tsinghua.edu.cn. . 22

assess the controllability of a process.” Research has also
© 2012 American Institute of Chemical Engineers shown that performing a detailed bifurcation and stability

Modern chemical processes are becoming increasingly inte-
grated and have more interactions between various process
units to reduce capital and operating costs. The interactions
between these units, including recycle and bypass streams,
typically intensify the complexity and nonlinearity of large-
scale plant-wide processes. Numerous studies have demon-
strated that the presence of nonlinearities, including input/out-
put multiplicities and oscillatory and chaotic behavior, can
cause control challenges.l_4 A traditional sequential design
approach may lead to serious operating difficulties. Therefore,
systematic strategies that consider the nonlinearities have been
needed to improve the designs and controllability of chemical
processes that exhibit undesirable inherent characteristics.

Having a consistently stable chemical process is a prereq-
uisite for ensuring safe production. Stability and controllabil-
ity are two important inherent characteristics for a process,
in terms of its operability.” Many chemical systems exhibit
input/output multiplicity characteristics and nonminimum-
phase behavior, and these inherent characteristics are known
to impose limitations on process operation and control
performance, regardless of what control algorithms are
implemented. As process design fundamentally determines
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analysis more routinely in a process design would improve
controllability, and could prove helpful for developing and
implementing model-based controllers for nonlinear chemi-
cal proce:sse:s.23_25 Ma and Bogle% have proposed an
approach using continuation and optimization methods,
which aid in the modification of a process design to avoid
control difficulties due to input multiplicity. Yuan et al.*’
has formulated a method to segregate the entire operating
region of a single chemical reactor into several subregions,
in consideration of both stability and phase behavior simul-
taneously. A large number of contributions regarding plant-
wide controllability analysis have been published,?®®
mainly focusing on the interactions between control loops,
the determination of variable pairing (the selection of con-
trolled and manipulated variables) and the effects of
recycles and energy integrations at certain operating points.
Recently, Rojas et al.* has developed an operability analy-
sis approach for nonlinear plant-wide processes from a net-
work perspective based on dissipativity. However, until
now, few papers have addressed the analysis of nonlinearity
and controllability for complex chemical plant-wide proc-
esses over the entire feasible operating region.

From the viewpoint of control, once the dynamics are
known, advanced control algorithms would allow one to
deal with almost any difficult control situation. Feedback
interactions between the units of a plant-wide process, typi-
cally give rise to more complex network dynamics. To
keep plant-wide processes running stable and safely with
considerable profitability, different plant-wide control archi-
tectures have been proposed. These approaches fall into
four main categories:40 decentralized,““‘3 distributed,‘m‘48
multilayer,”~' and single layer.”>>* The advantages and
disadvantages of these four plant-wide control architectures
were summarized by Ochoa.’” Plant-wide control problems
in chemical and biochemical processes remain an important
problem for both academia and industry. Although many
control strategies have been fixed successfully for several
processes, the operation settings rarely remain fixed at their
design settings. When a disturbance enters the process, the
characteristics of the current operating point may change,
so it is necessary to understand the relationship between
the inherent characteristics and operating/design conditions.
Conversely, each single unit having stable and good con-
trollability properties does not guarantee the same for the
ultimately formed network. Therefore, it is of critical im-
portance to analyze the operability problems from the net-
work perspectives. In addition, modifications to a process
design itself, such as to the values of operating/design pa-
rameters or topology structure, can sometimes affect the
dynamics of the process more than adjusts in the control-
lers.’® As such, it is important to ascertain the open-loop
controllability of the chemical process and to identify how
the inherent properties vary with the process design/opera-
tion from the plant-wide perspective. Luyben has investi-
gated a subtle phenomenon with recycle streams, the snow-
ball effect, which is characterized by a large sensitivity of
one or more of the variables in a recycle loop to small
changes in a disturbance variable.’’® Existing research also
has shown that a control structure that fixes the flow rate of
one stream somewhere in a liquid recycle loop can prevent
the snowball.’” Extended bifurcation diagralms59 can facilitate
changes to the process network design, to ameliorate some of
the instability and poor controllability introduced by large
recycle streams and/or heat integration schemes.
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In consideration of the above, by understanding the phase
behavior and open-loop stability for plant-wide processes,
from the network perspective, based on the nonlinear plant-
wide process model, we can develop a systematic framework
that can identify potential control problems associated with
the inherent characteristics of a plant-wide process over the
entire feasible operating region. In this framework, phase
behavior is selected as an indicator of open-loop controllabil-
ity. The phase behavior (minimum/nonminimum-phase
behavior) and open-loop stabilities of a process, as well as
their relationships with the process design and operation, can
provide valuable guidance for both process design modifica-
tions and plant-wide process control system design. The arti-
cle is structured as follows. Initially, the problems that need
to be addressed are outlined with a series of reactor net-
works. Then, the development of the systematic methodol-
ogy for the plant-wide process controllability analysis is dis-
cussed. The presented framework is then illustrated with two
case studies. The first involves a reactor-external heat
exchanger network and the second a more complex chemical
process with several recycles, consisting of a reactor, an ex-
tractor, and a distillation column. Finally, the main conclu-
sions from the work are discussed.

Problem Statement

The following network* involves two reactors in series,
as shown in Figure 1, where three irreversible elementary
exothermic reactions (A — B, A — U, A —> R) occur in
parallel, A is the reactant species, B is the desired product,
U and R are the undesired byproducts. The reactors are con-
necting by F'; and F,. The above process is taken as an illus-
trative example to formulate the problem that will be solved
in this work.

The overall nonlinearity and internal dynamic behavior of
chemical processing plants, with material recycling, can be
substantially different from those in the individual processing
units. Our previous preliminary research work has allowed
the steady-state solution diagrams for the above reactors to
be devised.®® Based on the values of the process parameters
which can be found elsewhere,*** Figure 2 presents the
steady-state map for both the entire system and the single re-
actor, respectively. The differences in shape between the
steady-state solution curves for the plant-wide process and
single unit are significant, and the entire system exhibits
input and output multiplicity simultaneously. The steady-
state behavior for the single reactor is relatively simple, and
only the output multiplicity exists. Material recycling dra-
matically alters the shape of the steady-state map for the
process and gives rise to instability, even when the individ-
ual processing units are stable.

From a control theory point of view, F, represents a posi-
tive feedback that would cause closed-loop instability and
control difficulties. Moreover, in the desirable conversion
subregion, plant interconnections alter the gain and time con-
stants and further introduce nonminimum-phase behavior,
leading to poor controllability. They also impose fundamen-
tal limitations on the achievable performance of conventional
control systems.

In reality, the connections between the various single units
in the plant-wide process are more complex than those pre-
sented in the illustrated example above. It is not only the
material/energy recycles but also disturbances such as in
inlet temperature and feed flow rate, that may affect the
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Figure 1. Process flow sheet of the illustrative example.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

overall nonlinearity of the network. Therefore, this study
will investigate the internal characteristics of the overall net-
works that are widespread in chemical processes, and
address the follow three questions:

Question 1. How can processes be well controlled or is it
difficult to control a process that is operated at, or near, the
point that provides high profitability?

Question 2. How does the stability and phase behavior
vary with process design and operation?

Question 3. How can a plant-wide process with poor con-
trollability be redesigned?

For a plant-wide process, like the illustrated process
described in Figure 1, there are many variables that need
to be controlled. The majority of them, such as tempera-
ture, may be controlled locally.61 However, even when
each single controller is well fixed at the operating point,
one cannot guarantee that the overall network will work
well. Material balances in general, and the material bal-
ances of impurities especially, are established by consid-
ering the interactions between the different operating units
and recycle loops. Therefore, controllability and stability
analysis requires a plant-wide approach. It should be
noted that we will consider the control-affine systems,
as shown in Eq. 1, in the subsequent discussions in this
article.

F=0 tmin), FaM 998 (m¥h)

¥ = () + g2 "
y = h(x)

where x = [x1,x,...,x,] € R" denotes the n vector of
state variables, u denotes the manipulated input,
Yy = [¥1,Y2, -, Ym] € R™ denotes the m vector of controlled
outputs, f{x) and g(x) are smooth vector functions from R" to
R" and h(x) is a smooth scalar function of R".

Methodology Development

For the three questions listed in the previous section that
need to be satisfied, the framework of the proposed system-
atic methodology is presented in Figure 3.

F is a vector of residuals of the steady-state equations for
the entire process and Jr denotes the Jacobian matrix of F.
Rank (Jr) determines whether the operating point is a singu-
larity point or not. F,4 represents the vector of residuals of
the zero dynamics equations. Jr, represents the Jacobian
matrix of F,q. The basis of the presented approach is to
explore the steady-state maps between the manipulated and
controlled variables of the plant-wide process, in such a
way, that the influences of any operations on the nonlinear-
ities become apparent.

ReEMARK 1. Ser ao=n—3 " ri 1= [1,1,..., 7, €ER"
denotes the a-vector of state variables of the zero dynam-
ics. For a nonlinear multiinput, multioutput plant-wide
process as described by Eq. 1. r;, the relative order of
output y; (i = 1, 2,..., m) with respect to the manipulated
input u. The relative order of the process will determine
the number of expressions for the zero dynamics. If o =
0, the plant-wide process has no zero dynamics;%* other-
wise, the system contains o zero dynamics. The detailed
algorithm for obtaining the zero dynamics from the normal
form is described in Ref. 63, and is extended in this arti-
cle to solve the zero dynamics for the entire chemical
process.

A step by step description of the methodology for analyz-
ing the controllability of a plant-wide process shown in Fig-
ure 3 is outlined as follows:

StEP 1. Obtain the steady-state maps between the manipu-
lated and controlled variables.

StEP 2. This step involves the following substeps:

Fy=0 (m°/h). F =0 (m°m)
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Figure 2. Steady-state solution diagrams for the illustrative example (—stable steady-state solutions, ----unstable

steady-state solutions).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 3. Schematic representation of the proposed methodology for plant-wide process.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

SteP 2.1. Calculate the relative order, r; (i=I, 2,...m), of
the entire chemical process;

Step 2.2. Transform the original nonlinear system into
new coordinates;

StEP 2.3. Extract the expression for the zero dynamics.

Step 3. This step involves phase behavior analysis over
the whole feasible operating region, and can be divided into
three substeps:

Step 3.1: Calculate Jacobian matrix Jr,,
dynamics.

for the zero
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Figure 4. Reactor with external heat exchanger net-
works.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Step 3.2. Find the singularity point for the zero dynamics.
If Rank(Jp, ) <o at a certain steady state, then this steady-
state point is a singularity point of zero dynamics. The entire
operating region can be segregated into several suboperat-
ing regions by the singularity points.

SteP 3.3. Check the stability status of the zero dynamics.
Stable zero dynamics indicate that the original plant-wide
process, from which the zero dynamics are extracted, exhib-
its minimum-phase behavior. Otherwise, the process has
nonminimum-phase behavior.

Step 4. Stability analysis for the plant-wide process. The
procedure here is similar to that in Step 3. It involves
obtaining the original system’s singularity points and analyz-
ing the stability status of the plant-wide process to each side
of the singularity points.

Step 5. Controllability analysis, based on the results
obtained from the above two steps. The entire operating
region can be divided into several subregions, which have a
different phase behavior and stability status.

StEP 6. Desirable controlled/manipulated variables and
related values decision. In other words, select the pairs of
controlled/manipulated variables to determine whether they
have a significant influence on reducing the size of the open-
loop unstable and nonminimum-phase regions.

REMARK 2. As the phase behavior may change when a
process crosses the zero dynamics’ singularity points, it is
necessary to only select one steady-state operating point to
each side of the singularity points to check the stability sta-
tus. It is not necessary to investigate the stability of the zero
dynamics at all of the steady-state points.

REMARK 3. Based on the phase behavior (minimum-phase
behavior and nonminimum-phase behavior), the controllabil-
ity analysis for a single unit is discussed in previous
work.2">? By integrating the open-loop stability and phase
behavior analysis in the process design, the operating region
of the whole process can be divided into four regions: The
stable-minimum-phase behavior (S-MP) subregion; the sta-
ble-nonminimum-phase behavior (S-NMP) subregion; the
unstable-minimum-phase behavior (US-MP) subregion; and
the unstable-nonminimum-phase behavior (US-NMP) subre-
gion. This segregation strategy is also applied in the plant-
wide process controllability analysis.

These six steps make up the proposed methodology for
the controllability analysis of a plant-wide process. The pre-
sented framework will be applied to two plant-wide proc-
esses to demonstrate its efficiency.
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Case Studies for Plant-Wide Process
Controllability Analysis

Two case studies have been selected in this section, to
illustrate the presented methodology. The first case study
deals with a reactor-external heat exchanger network, and
the second involves a more complex plant-wide process,
comprising a reactor, an extractor, and a distillation column.

Case study I: reactor-external heat exchanger network

Process Introduction. For many industrial chemical
processes, direct heating/cooling in isothermal operations is
often impractical or unfeasible. In such instances, large ma-
terial recycle streams are adapted where the heat carries,
by connecting the reaction unit to an external heat
exchanges system.64 This system can be used in both batch
and continuous processes, and is quite common in proc-
esses featuring fast, highly exothermic reactions, such as in
gas-phase ethylene polymerization processes.65 There are
three advantages to this configuration. First, it allows for a
higher-energy flow through the entire network to improve
the efficient of the heat exchange. Second, it affords the
process designer flexibility in terms of heat-transfer area
that is independent of the reactor geometry. Third, the effi-
ciency of the external heat exchanger can be improved by
increasing the heat capacity of the recycle stream, either by
using an excess quantity of a reactant or by introducing an
inert diluent into the recycle loop, along with a separation
unit.®® However, a process with this configuration has a
high degree of nonlinearity and requires a complex control
system design.®”®® In this subsection, the nonlinearity and
the internal characteristics of the reactor-external heat
exchanger network will be investigated.

This case study, considers a process network comprising a
reactor and a heat exchanger as shown in Figure 4. The pro-
cess involves two consecutive, highly exothermic reactions,
A — B —% C, with pre-exponential factors ko and ka,
activation energies E, and E,,, and heats of reaction AH,
and AH,, respectively. The heat of reaction is removed via
an external heat exchanger.69 M denotes the reactor holdup,
My denotes the holdup in the tube side of the heat
exchanger, M. denotes the holdup in the shell side, F
denotes the feed rate into the reactor, A represents the reac-
tants and C,, denotes the composition, which is assumed to
be constant. The product, B, and the byproduct, C, as well
as the any residual A are removed at rate F. The coolant,
with a heat capacity C,. and an initial temperature of T, is
circulated through the heat exchanger shell at rate F.. T,
denotes the temperature of the feed f, T denotes the reactor
temperature, Tr denotes the temperature of the reaction mass
in the tube side of the heat exchanger and 7. denotes the
outlet temperature of the cooling medium.

The dynamic model used in this work is derived from
Ref. 63, by the following mass and energy balances. The
main nominal values for the process parameters are adapted
from Ref. 70.

dCa Fy By
e (Cay — Ca) — kipe” 7 Ca (C)]
ac F _Fay .
d_tB =— MOCB + kyoe 7 Ca — kye 'TZCB 5)
dCc Fy By
—_ = —— k T
o i Cc + ke Cg (6)
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Figure 5. The extended bifurcation diagrams for the reactor-external heat exchanger network (Influences of oper-

ating parameter).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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In this case study, a control configuration scheme of
[Cg,Tc| — [Fo, Fc] is adopted, whereby [Cg, T¢] is controlled
by manipulating [Fy, Fc|. Here, we focus on revealing the
potential control problems under the given process design,
with the chosen control structure. How the operating/design
parameters influence the process behavior are analyzed, and
then modified to render process design controllable, with the
selected control structure in the feasible operating region. In
the following process analysis, this “[Cg,Tc] — [Fo,Fc]”
control structure is referred to as the “base case” design.

Plant-Wide Controllability Analysis. In this section, the
control problems associated with the product composition
Cg, which are related to the steady-state multiplicities and
their effects on the operating/design conditions and phase
behavior/stability status, are investigated. Figure 5 shows the
steady-state solutions for the plant-wide process, under dif-
ferent operating conditions, for the base case design under
the [Cg,Tc] — [Fo,Fc] control configuration. The internal
characteristics, including phase behavior and stability/insta-
bility status, are presented simultaneously.

From the left section of Figure 5, it can be seen that if the
plant-wide process is operated under Fc € (176,200), the
system only exhibits output multiplicity, and has three
steady-state solutions. If F¢ € (203,278), the solution dia-
gram exhibits up to five steady-state solutions. With the
high-flow rate, Fc, the number of steady-state solutions
returns to three. From the right section of Figure 5, the max-
imum number of steady-state solutions is also three. In the
high-profitability operating region, only one unique steady-
state solution (point B) is present. Whether Fy = 25 or Fy =
15, both input and output multiplicity exist in the solution
diagram for the product composition, Cg. It is noteworthy
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that the whole operating region is segregated into several
subregions, which have a different phase behavior and open-
loop stability status. The stable-minimum-phase behavior
operating region, which is desirable for control system
design, is larger when Fy =15, compared to when F, =25.
In this case, Fj accelerates the propagation of nonlinearity.
In other words, the feed flow rate, F(, will affect both the
multiplicity behavior and the related stability status.

Similarly, Figure 6 reveals the relationship between the
state variables and the manipulated variables under different
degrees of reactor holdup, M. The locus in Figure 6 repre-
sents the input and output multiplicities between the cooling
medium and product composition. However, the reactor tem-
perature only shows output multiplicity, with the behavior of
the process being divided into S-MP, US-MP, S-NMP, and
US-NMP regions. Figure 6 shows that an increase in the re-
actor holdup dampens the propagation of the multiplicities,
and relieves the burden on the control system design.

As listed in Table 1, M = 1200, F, = 25, and Cg =
1.867 are the base design/operating parameters. Under this
regime, the optimal point (point A) is located in the operat-
ing region with unstable-nonminimum-phase behavior and
the system is hard to control. As can be seen from Figure 5,
the maximum profit (point B) is higher than that under Fy =
25(point A), however, it still locates in the operating region
with unstable-nonminimum-phase behavior. As the designed
operating point, where Cg = 1.867(point A;), is located in
the stable-minimum-phase behavior region when Fy = 15.
Based on the above analysis, decreasing in Fy could alleviate
the control problems with keeping the process economic
profit constant, in other words, the higher F has a signifi-
cant effect on enlarging the size of the unstable-nonmini-
mum-phase regions. The lower F should be preferred.

To convince the effectiveness of the presented framework
and to check the above qualitative controllability conclu-
sions, the quantitative controllability at points A, B, and C is
also carried out. Based on eigenvalues of the Jacobian
matrix, condition numbers (CNs) of points A, B, and A,
are calculated, the result shows that CNpgina >
CNpointB > CNpointa,» lower CN values means that the sys-
tem exhibits better controllability and should be preferred,
state differently, the examined system has the best control
performance at point A; (Locating in the S-MP region). The
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[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

results are consistent with results generating from the pro-
posed framework.

According to this reactor-external heat exchanger network,
we conclude that any changes to the operating/design condi-
tions may have a profound impact on the nonlinearity/con-
trollability of the process and plant-wide control system
design.

Summary. The presented framework for plant-wide pro-
cess controllability analysis and its resulting suggestions for
improving the controllability have been demonstrated with a
reactor-external heat exchanger network. It has shown that
the multiplicity behavior of the process, under different
design/operating conditions; can be evaluated in the parame-
ter domain. When the value of the feed flow rate is large,
there are five steady-state solutions under certain operating
conditions, but there are only three for lower feed flow rates.
A decrease in the inlet feed flow rate may eliminate both the
input and output multiplicity behavior to some extent. An
increase in the reactor holdup, M, will ameliorate the com-
plexity of the nonlinearity. Both input and output multiplic-
ities are found in the solution diagram for production com-
position. The reactor temperature has an output multiplicity,
but no obvious input multiplicity. The phase behavior and
the open-loop stability status are also presented simultane-
ously. The open-loop stable minimum-phase behavior subre-
gion is smaller with larger feed flow rates. The above results
can provide guidance to improve the controllability of the
plant-wide process. This case study used a specific set of
design/operating parameters, but the lessons can be applied
to a wider set of conditions.

Case study II: complex chemical process

In this section, the presented framework will be applied to

Process Description. The plant-wide process involves
both a reaction system and a separation system.’' The reac-
tion system occurs in a CSTR, where a first-order exother-
mic reaction, A+B—P+G, occurs in the liquid phase. The
separation system comprises an extract unit, a flash drum
unit and a distillation column. Reagent B is fully con-
sumed. The reaction produces a byproduct, G, in addition
to the desired product, P. Solvent C is used to extract
byproduct G in a single stage extractor. Postextraction,
product G is separated out as a purge in the flash drum
unit. Solvent C is recycled and made up with fresh sol-
vent-up, to replace the small amount of C lost within the
purge. The extractor raffinate can be treated as a binary
mixture of A and P. The binary mixture is passed through
the distillation column, which contains 10 equilibrium
stages, to separate product P from reactant A, which is sub-
sequently returned to the CSTR. The vapor coming from
the top of the column is used to preheat the fresh A feed,
before any condensation in the condenser unit. The flow
sheet for this reaction-separation plant-wide process is
depicted in Figure 7.

Modeling Development. Based on the mass and energy
balances for the reactor, the extractor, the flash drum unit,
the distillation column, and the preheater, a dynamic model
for the reactor/separation process has been previously devel-
oped.”" According to the outlined objectives for this study
and model’s assumptions,72 the models have been revised to
Eqs. 10-33. Table 2 lists the parameters and values for the
base design. Note that K; are computed assuming ideality in
the vapor and liquid phase; that is, Raoult’s Law applies.

Reactor model

a complex plant-wide process, to study its controllability dxp, _ -~ —E/RTy
from a network perspective. VR dr Faxa, = Faxa; = Vexaskoe (10)
Table 1. Effects of Design/Operating Parameters on the Maximum of Cyg
Design Parameter Operating Parameter

M (1) 600 900 1200 Fy (I/min) 5 15 25

T (K) 364.5 360.4 358.43 T (K) 3433 353.4 358.43

Cg (mol/l) 1.8350 1.8546 1.8673 Cg (mol/l) 1.9207 1.8872 1.8673
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Figure 7. Flow sheet for the reactor-separation plant-wide process.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

d.
Vr 2:3 = —Fsxp, + VRxAgkoeiE/RTR
dTg  Fa F F3 AHy _E/RT,
R A+ AT - TR — k /RTy
dt V& 4+VR 2 V& R MRCp 0%aq€
UAp
—(Ty — T,
+VRMRCP( 1= T)
dT)y S UAy
o2 - - Ty — T
dt VJ( 0w =) cspsvj( 1= T)

Extractor model

dx,
1\4]57;}7 = F3()C(;3 —XG7) —i-Fg}CGx — m(Fg +Mk)xG7
dxa
]‘4]377:F3(JCA3 —XA7)

Distillation column model

dxp

MDW = VKyxa — (L + D)xp
dX2
M= = V(K — Kaxo) + L(xi = x2)
dX3
ME = V(K4X4 — K3X3) —l—L(Xz - X3)
dX4
ME = V(KS)CS — K4X4) —|—L(X3 - X4)
dX5
ME = V(K¢x¢ — Ksxs) + Lxs — (L + F7)xs
+F7(1 — XA, _xG7)
de
MW = V(K7_X7 — K6X6) + (L + F7)(X5 - X6)
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dx
M?; = V(Kg)(g — K7X7) + (L + F7)(x6 - X7) (22)
ng
ME = V(Kg.Xg — Kng) + (L + F7)(X7 - Xg) (23)
dX9
ME: V(Kiox10 — Koxo) + (L + F7)(xg — Xo) 24
de
MB 7 = (L =+ F7)X9 — Kl()VXB — BXB (25)
Flash drum model
dP F4¢RTy FgRTy FoP
= — — 26
dt VV Vv VV ( )
dXG P
M 8 = F — | =F2Kg + F 2
L, 6XGq (RTf 12KG + 8>XGx 27
Preheater model
dly, F, VAH
I T 28
dt Vp( Fo )+ VpCr @8

Table 2. Parameters and Values for the Base Design

F, = 50 kmol/h m = 3.995 A H = 30 kJ/kmol
F» =50 kmol/h  Mp = 10 kmol Vp = 5.0075 kmol
L =570 kmol/h My = 10 kmol Cr = 32 kJ/kmol.K
V =600 kmol/h Ty = 323.67 K ps = 0.9 kg/m®
Vg = 75 kmol T, = 3535 K A Hy = 87447.58 kJ/kmol
Vy=25m’ T = 338.16 K U = 720 kJ/m>K.h
V, = 100 kmol T;, = 553.15K R = 8.314 kJ/kmol.K
My, = 10 kmol Ty, = 323.67 K S = 4588.294 m>/h
Mg = 2.5 kmol Ay =25m? My = 89.36 kg/kmol
M =25kmol  Cs =256 kl/keK Cp = 0.34 kl/kg.K
E =114550 ko =2.7398 x 10" h™' F,, = 282.84 kmol/h

kJ/kmol
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Table 3. Variables for

the Reaction-Separation Plant-Wide
Process

Controlled Variables

Manipulated Variables

Jacket temperature T
Raffinate composition xg,
Product composition xp
Bottom composition xg
Flash drum pressure P

Cooling medium flow rate S
Makeup flow rate Mk
Reflux flow rate L

Boil-up rate V

Purge flow rate F,

Mixer I model

Fy=B+F, (29)
Faxa, = B(1 — xg) + Fy (30)
F4Ty = F\T) + BTg 31)
Mixer II model
Fs = Mk + Fy (32)
Fxc, = Fs(1 — xg,) + Mk (33)

Zero Dynamics Determination. The five controlled varia-
bles and five manipulated variables for this case study are
shown in Table 3. Based on these variables, zero dynamics
will be exhibited.

Set
T
n=[m M M3 M4 Ns M M7 Mg Mo Mo M M2 M3 Nl
:[XA3 Xps TR XA, X2 X3 X4 X5 Xg X7 X§8 Xg XGg T1 ]T
(34)

T
ysp:[ysp, Ysp,  Ysps Yspy ySPS] :[TJ XG; XD XB P}T
(35)

After transforming the original plant-wide nonlinear pro-
cess into the new coordinates, and by applying the algorithm
to obtain the zero dynamics for nonlinear systems, the zero

O e S
W === 8
- 0.4 \“\\\ = = = US-NMP
< ‘3\2 S - =~ SNMP
| = —
0.2 v S, o g
1 "
1 \n o Y
Ol — = ===
0 5 10 15
(a) s(m3/r) x 10*
500} 1
\
. A
& 400 .
= T T
— Focu S
S00pM Tn T oI EEEr e e
2003 5 10 15
(© S(m%hr) x 10*

dynamics are extracted and expressed as Eqs. A1-Al14 (Ap-
pendix).

Plant-Wide Controllability Analysis. The steady-state so-
lution diagrams for the reactor—separator-recycle plant-wide
process are shown in Figure 8. The composition of A in the
reactor product xa,, the reactor temperature Tg, the jacket
temperature Ty, and the product composition xp are plotted
as a function of the cooling medium flow rate.

From Figure 8, the process exhibits multiplicity in the
region for the flow rate of the cooling medium, S. The reac-
tor product composition, xa,, the reactor temperature, Tg,
and the product composition, xp, exhibit output multiplicity.
The jacket temperature 7 exhibits both input and output
multiplicity. The steady-state curve is similar to that for the
single reactor. The upper and lower solutions are stable, but
the middle steady state is unstable. The zero dynamics for
the original plant-wide process are stable at the lower prod-
uct composition, and the plant-wide process exhibits nonmi-
nimum-phase behavior with unstable zero dynamics. Holding
the other four manipulated variables constant, in the cooling
medium flow rate space, the entire feasible operating region
can be segregated into a stable-minimum-phase behavior
subzone, a stable-nonminimum-phase subzone, and an unsta-
ble-nonminimum subzone. An unstable-minimum-phase sub-
zone does not exist.

No mathematical model for the chemical plant-wide pro-
cess can provide a perfect description of the reality, so it is
important to analyze the influences of model uncertainties on
the nonlinearity and phase behavior. In this case study, the
activation energy, E, is selected as the factor of model
uncertainty. Its influences on the inherent properties of the
plant-wide process are illustrated in Figure 8. Figure 8
reveals the effects of a 8% change in reaction activation
energy, E (E = 114,550), on the phase behavior and open-
loop stability status for the process. It suggests that an
increase in reaction activation energy, E, can dampen the
propagation of the unstable-nonminimum-phase behavior
operating subregion, but can accelerate the input multiplicity
of jacket temperature.

This base design operating point values are xp = 0.861
with £ = 114,550, represented by point B in Figure 8. This

point is located at the margin between the stable-
600—
“ 1: E=104350
S00F 2: E=114550
< o 3 E=124550
E’400 T P i —

S ni A i =
00K o __
2000 5 10 15

) S(m>/hr) x 10*
1
R e e C
0.8 AIO ,9 B . =
Vv -
[ 3' 2 -1
=2 0.6 7 - -
I ”
0.4 ,/’
4% 5 10 15
() S(m>/hr) x 10*

Figure 8. Extended bifurcation diagrams for the plant-wide process under different activation energy.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 9. Extended bifurcation diagrams for the plant-wide process (adjustable parameters: feed flow rate F; and

coolant medium flow rate S).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

nonminimum-phase behavior and unstable-nonminimum-
phase behavior operating subregions. If the reaction activa-
tion energy, E = 124,550, the operating point moves into
the unstable-nonminimum-phase behavior subregion. When
E = 104,550, the operating point is in the stable-minimum-
phase behavior subregion, at the cost of having higher-cool-
ant medium flow rate. Clearly, a decrease in reaction activa-
tion energy will significantly adjust the nonminimum-phase
behavior away from the operating point. In line with the
above discussion, controlling the plant-wide process at the
operating point that provides optimum profit may become
increasingly difficult with increasing reaction activation
energy. Therefore, it is of critical importance to analyze the
influences model uncertainties on the controllability.

The relationship between model uncertainty and controll-
ability for the plant-wide process has been studied, with
respect to the reaction activation energy. Simultaneously,
changing the feed flow rate, F'; and the coolant medium flow
rate, S was then considered. The maps are depicted in Figure
9, along with the segregation of operation space into subspa-
ces, which exhibit different phase behavior and open-loop
stability status. The stable-minimum-phase behavior sub-
space, the stable-nonminimum-phase behavior subspace, and
the unstable-nonminimum-phase behavior subspace exist in
the operating space. For the different types of subspace, the
nonlinear dynamic behavior may vary.”” Even a minor dis-
turbance to the unstable-nonminimum-phase behavior operat-
ing subspace can lead to an uncontrollable process. Thus,
eliminating or avoiding the open-loop unstable-nonmini-
mum-phase behavior subspace could be achieved by adjust-
ing the operating conditions, such as inlet feed flow rate or
coolant medium flow rate.

The steady-state solution spaces are presented in Figure
10, where the composition of A in the reactor product xa,,
the reactor temperature Ty, the jacket temperature 77j, and
the product composition xp are plotted as a function of the
cooling medium flow rate and boil-up rate. The entire space
is segregated into a stable-minimum-phase subspace, a sta-
ble-nonminimum-phase subspace, and an unstable-nonmini-
mum-phase subspace. In many cases, operating in an unsta-
ble-nonminimum-phase behavior subspace or an unstable-
minimum-phase behavior subspace can be more profitable

AIChE Journal October 2012 Vol. 58, No. 10
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than that in a stable-minimum-phase behavior subspace. In
such a scenario, control system design can be challenging.
To prevent an undesirable operating subregion with poor con-
trollability and unacceptable dynamic behavior, it is impor-
tant to identify these inherent properties and improve the
dynamic performance at the conceptual design stage. This
can be achieved by adjusting the design/operating parameters.

Summary. The phase behavior and open-loop stability
status for the plant-wide process have been analyzed using
the presented framework. The influences of model uncertain-
ties on these two inherent characteristics have also been
investigated. The steady-state spaces for the state variables
vs. two manipulated variables have been probed to illustrate
how the manipulated variables can affect the behavior of the
plant-wide process. The above results can provide a guide
for process redesign, by avoiding operations in undesirable
subspaces and by enhancing plant-wide control system
design.

Conclusions and Future Directions

The steady-state and dynamic behaviors for plant-wide
processes with recycles are often substantially different from
those for the individual units. Having control of the individ-
ual units does not guarantee an effective and smooth running
plant-wide control structure. This study has been focused on
the controllability analysis of entire chemical process from a
network perspective. The presented methodology has been
applied to a reactor-external heat exchanger network and a
reactor-separator-recycle plant-wide process. The steady-state
behaviors for these two plant-wide processes have been stud-
ied, and how the open-loop stability status and phase behav-
ior can vary with the manipulated variables has been demon-
strated. The entire operating region can be divided into sev-
eral subregions that possess a different phase behavior and
open-loop stability status. The contributions and future direc-
tions, based on the presented work, can be summarized as
follows:

1. Different manipulated variables impose different influ-
ences on the phase behavior and open-loop stability status of
an entire plant-wide process. It is important to identify these
inherent properties over the entire operating region in the
early design stage.
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2. Profitability is the key objective for management and
shareholders in selecting optimal designs. Improving con-
trollability (avoiding nonminimum-phase behavior and open-
loop unstable characteristics) may decrease the process eco-
nomic profit as shown in Figure 5. From the process systems
engineering point of view, trade-offs between these two
objectives should be made and will give rise to a multiobjec-
tive optimization problem.

3. As no mathematical model can provide an accurate
prediction of the reality, model uncertainties can impose sig-
nificant influences on the phase behavior and open-loop sta-
bility. As illustrated in Figure 8, the operating point may
change with different values of reaction activation energy, E,
the variable selected as the factor of model uncertainty. In
practice, operating at the margin point can be dangerous, as
changes to the operating conditions can lead to steady state
and dynamic behaviors that are different from those
expected. The influence of model uncertainties on plant-wide
controllability needs to be analyzed.

4. The systematic methodology presented in this study
allows one to effectively analyze the effects different pa-
rameters, such as inputs, disturbances, and design varia-
bles, as well as model uncertainties, have on the phase
behavior and open-loop stability. Both of these outputs are
indicators of open-loop controllability. The results of the
analysis provide guidance for the adjustment of design and
operation parameters, to eliminate undesirable behaviors in
the operating regions. The proposed methodology can also
probe the influences of control structure selection on plant-
wide controllability, over the entire feasible operating
region.

5. It is difficult to characterize the relationship between
the complexity of nonlinearity and the structure of the plant-
wide process flow sheet. For example, case study I has only
two individual units: a reactor and a heat exchanger, whereas
case study II is more complex, being made up of seven indi-
vidual units. With the base design, the nonlinearity in case
study I is more complex than that in the latter. Therefore,
the steady state behavior for the plant-wide process depends
heavily on the mode of operation and the selected design/
operating parameters.

3106 DOI 10.1002/aic
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6. Operating regions featuring operability problems may
be highly profitable operating regions. Many operability
problems can be handled by model predictive controllers,
however, it is important and valuable to set up the system-
atic controllability analysis for a chemical process which can
fully identify potential operability problems associated with
complex behaviors and assess how easy the design is to con-
trol at the design stage.

7. Although the case studies only involve a reactor-exter-
nal heat exchanger network and a reactor—separator-recycle
plant-wide process, the proposed approach could also be
applied to novel and more complex chemical plant-wide
processes, such as continuous bioethanol production proc-
esses and biorefinery processes.

8. There are many topological structure alternatives for a
plant-wide process at the design stage. In the presented
work, the inherent characteristics are investigated under a
fixed topology structure. Further research will be undertaken
to consider the influence process system topology structure
on the phase behavior and open-loop stability. These can be
formulated as a large scale stochastic disjunctive mixed-inte-
ger nonlinear programming problem which is presently quite
difficult to handle. Hence, a robust and efficient algorithm
for solving the above problem will further to be studied. By
solving the MINLP, a suitable topological structure, having
desirable profitability and good controllability over a wide
operating region, can be selected.

9. During the last decades, many strategies and their rele-
vant numerical solving frameworks have been presented to
tackle the process design/operating parameters decision, con-
trol structure selection, and control performance (dynamic
operability) simultaneously,”*”* and the problem can be for-
mulated as a mixed integer dynamic optimization problem,
however, the dynamic optimization based approaches pres-
ently cannot be applied to large scale chemical process due
to computationally demanding even when meet a small num-
ber of process units. So, more efficient and robust solving
algorithms should be developed in the future. The presented
framework for entire chemical process controllability analy-
sis may give guidance for the dynamic optimization-based
simultaneous design and control to some extend.
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Notation

Variables: Methodology Framework

F

R = = =

Variables:

CAu

Cy

Cpe

E, , E,
Fo

Fe

klOs k20
M

My

T

To

T,

Tc

Tr
AH,, AH,

Variables:

Ay

AIChE Journal

vector of residuals of the steady-state equations for the
process

vector of residuals of the zero dynamics equations
Jacobian matrix of F

Jacobian matrix of F.,

relative order of output with respect to the manipulated
input

manipulated input

state variables 3.

controlled outputs
number of the equations of the zero dynamics

Reactor-Heat Exchanger Network

composition

product composition
heat capacity
activation energies
feed flow rate

coolant flow rate
pre-exponential factors
reactor holdup

holdup in the tube side
reactor temperature
feed temperature
initial temperature
outlet temperature
reaction mass temperature
heats of reaction

Complex Chemical Plant-Wide Process

heat-transfer area

bottom flow rate

capacity of the feed
product heat capacity
steam heat capacity
activation energy

A feed flow rate

B feed flow rate

recycle flash flow rate
purge flow rate
pre-exponential factor
reflux flow rate

fraction of the extract and the raffinate compositions
holdup in each tray
holdup in the reboiler
holdup in the reflux drum
extractor holdup

liquid holdup

molecular weight of product
makeup flow rate

flash drum pressure

gas constant

cooling medium flow rate
A feed temperature

B feed temperature

steam temperature

jacket temperature
bottoms temperature
flash temperature

reactor temperature
overall heat transfer

boil-up rate 21.
volume of feed in preheater
reactor volume 22.

jacket volume

October 2012 Vol. 58, No. 10

13.

14.

20.
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V, = vapor volume

xg = bottom composition

xp = product composition

xg = A feed composition
Xg, = raffinate composition
AH = heat enthalpy of the vapor
ps = steam density

/ = heats of reaction
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